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Hydroisomerization of C6 with a zeolite membrane reactor
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Abstract

C6 “once-through” hydroisomerization was investigated in a membrane reactor combining platinum containing chlorinated alumi
bed catalyst and a silicalite-1/TiO2/SS tubular membrane. In this application of a silicalite-1 zeolite membrane the feed mixture is
over the membrane, where the linear molecules are separated and fed to the catalyst in the zeolite membrane reactor. The memb
performance has been studied as a function of temperature and sweep gas flow rate. Separatedn-C6 from 2-MP (selectivity 24) is converte
for 72%, with 36% selectivity for di-branched isomers (at 393 K, H2 sweep 50 ml/min). The results indicate that the platinum-contain
chlorinated alumina/silicalite-1 membrane reactor has a high potential for upgrading octane values.
 2004 Elsevier Inc. All rights reserved.
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1. Introduction

Future demand for high-octane additives in gasoline
probably span decades. Compounds based on lead
plexes and oxygen-containing components like MTBE
ETBE as well as aromatics are fading from the gaso
pool [1]. The production of high-octane branched alka
based on the hydroisomerization of light paraffins, alre
in existence for a decade, will most likely continue. T
state-of-the-art processes for hydroisomerization are b
on separate catalyst and adsorber sections. The adso
columns separate branched molecules from unconverte
ear molecules that are transferred to the catalyst sectio
a recycle step. With the development of ceramic membra
based on zeolites[2], new opportunities emerge for a.o. eq
librium limited reactions. In isomerization reactions (e.
to upgrade gasoline) a mixture of linear, mono-branch
and di-branched molecules are formed. However, becau
thermodynamic equilibrium, the linear molecules canno
fully converted to the desired di-branched molecules.
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In an application of MFI zeolite the product mixture
passed over a membrane, where the linear molecules are
arated and fed to the catalyst bed. Combining both sect
in one unit either in a single pass or a recycle mode was
conceptually introduced by Krishna and Sie[3]. It is envis-
aged that higher efficiency, better process control, and lo
consumption of energy might confer advantages over s
rate units. Moreover, the study might indicate the advanta
and limitations to intensifying installations with respect to
whole class of reactions.

In a first approach to such an integrated system, a si
pass of feed (n-hexane/iso-hexane) along the outside len
of a tubular zeolite membrane was studied.n-Hexane perme
ates through the membrane and into the catalyst phase
is converted to iso-hexane. Products leave the reactor a
mers from the retentate and permeate sides of the memb
reactor (cf.Fig. 1). Improved mass and heat transfer pro
erties are envisaged, as the distance between the sepa
and catalysis phase is minimized and the reactor unit
isothermally.

In this paper we present the first part of a study on
hydroisomerization of C6 in a single-pass operation with th
use of a 30 cm2 silicalite-1 membrane in a tubular confi
uration around a packed bed of Pt-chlorinated catalyst.

http://www.elsevier.com/locate/jcat
mailto:L.Gora@tnw.tudelft.nl
mailto:j.c.jansen@tnw.tudelft.nl
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Fig. 1. Schematic drawing of a membrane reactor for hydroisomeriza

membrane reactor performance for C6 hydroisomerization
has been studied as a function of temperature and swee
flow rate.

2. Experimental

2.1. Membrane support

The support used in this work is composed of a sinte
stainless-steel layer coated on the outside with a fine
TiO2 layer. The TiO2 layer was very smooth, with a mea
pore size of about 100 nm (seeFig. 2a). Table 1lists some
physical characteristics of the support. Zeolite membra
were grown on the titania side of a Trumem[4] tubular
porous support (10 mm outer diameter;Fig. 2b). The ends
of the support were welded to nonporous metal tubes
a Swagelok connection (12 mm) on one side for moun
in the permeation testing equipment, and the other sid
the tube was closed (dead end). The length of the po
part available for permeation was 10 cm, giving a total me
brane surface of ca. 30 cm2. No pretreatment or cleaning o
the support was necessary before the synthesis.
s

Table 1
TrumemTM-TiO2-coated stainless-steel porous supporta

Layer Thickness
(µm)

Mean pore size
(µm)

Porosity
(%)

Stainless-steel 200 2–5 35
TiO2 15 0.1 30

a TrumemTM filters are made in Russia, by Trumem International[4].

2.2. Membrane preparation

The silicalite-1 membranes were prepared by two su
quent crystallizations under different conditions. The g
of the first synthesis, done at a low temperature (393
114 h), was to enhance nucleation and to cover the
port with a dense population of small crystals. The sec
synthesis was performed under conditions favoring fast c
tal growth (453 K, 17 h) to enhance the closing of ga
between crystals in the layer. This synthesis strategy
small scale with 25-mm-diameter disks had already b
successfully applied in our laboratory[5]. The molar com-
position of the zeolite synthesis solution was 100 SiO2:59.3
TPABr:63.7 TPAOH:14200 H2O. We prepared the zeolit
synthesis solution by mixing tetrapropylammonium hydr
ide (Chemische Fabriek Zaltbommel CFZ B.V., 25% in w
ter), deionized water, and tetrapropylammonium brom
(CFZ B.V.). Tetraethylortho silicate (Aldrich) was used
the silica source. After TPABr was completely dissolved,
ica was added to the solution. The initially turbid mixtu
was aged with stirring at room temperature until the solu
became clear (6 h). From this solution, zeolite membra
were grown on the TiO2 side of the tubular supports, whic
were placed vertically in the Teflon-lined autoclave. Ea
end of the tube, equipped with a Swagelok nut, was wrap
with Teflon tape and plugged with a Teflon cap. After
first synthesis the membrane was transferred into a new
actor, where a fresh precursor solution was used.

The final silicalite-1 membrane was washed several ti
with distilled water until any remaining synthesis react
mixture was removed completely. The last two washi
were done for 5 min in an ultrasonic bath. After the me
brane was dried at room temperature overnight, it was
n one
Fig. 2. Support material used in zeolite membrane synthesis. (a) TiO2 side of the support. (b) Tubular silicalite-1 membrane with Swagelok connection o
side and dead end on the other.
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feed mixer
ec
Fig. 3. Schematic diagram of the membrane reactor set-up. (MR) membrane reactor with packed catalyst bed, (MFC) mass flow controller, (M/V)
and vaporizer, (SV) selection valve, (P) pressure transducer, (BR) back pressure regulator, (GC/FID) gas chromatograph with flame ionization dettor.
tes
an-
om
ro-
rity
cal-

-air

y-

dif-
d as
car
lar

e an
ith

ar-
e
on o
nd
he
was
s a

the
t set

as
ities,
The
r he-

sep-
r by

les

eep-
ctor

ion
The
on
clei
ted
de-
lk

t
not
cined for 16 h in air at 673 K. Heating and cooling ra
of 1 K/min were applied. The resulting membrane was
alyzed for its potential use in the separation of linear fr
branched hydrocarbon. An Olympus BH2 optical mic
scope was used for the estimation of macroscopic integ
and the presence of cracks in the layer before and after
cination.

2.3. Apparatus and experimental procedure

The reactor setup, including the membrane in a hot
oven and feed and carrier gas supply units, is shown inFig. 3.
Helium was used as a carrier gas at a flow rate of 50 ml/min
to feed the shell side of the reactor with a mixture of h
drocarbons. A feed mixture of 80 wt%n-C6 and 20 wt%
2-MP was supplied to the system via a HPLC pump. In
ferent experiments either helium or hydrogen was use
a sweep gas. All gases and liquids supplied as a feed,
rier, or sweep were dried on line, with the use of molecu
sieve 3A. Feed, retentate, and permeate streams wer
alyzed with a gas chromatograph (HP5890 series II w
CP-Sil Pona CB column, FID detector for the hydroc
bon measurements). Before C6 permeation experiments, w
characterized the membrane by measuring the permeati
binary mixtures ofn/i-butane at atmospheric pressure a
303 K introduced to the feed via mass flow controllers. T
total pressure of 1 bar on both sides of the membrane
equal (Wicke–Kallenbach method). Helium was used a
sweep gas at a flow rate of 100 ml/min. The selectivity ob-
tained was used to indicate the membrane quality.
-

-

f

Two sets of experiments were carried out to examine
performance of the catalytic membrane reactor. The firs
of experiments was carried out without catalyst and w
used to characterize the permeation properties (selectiv
fluxes) of the feed components through the membrane.
measurements were made between 353 and 413 K, fo
lium sweeping flow rates from 5 to 200 ml/min STP. In the
second set of experiments we analyzed the combined
aration and catalytic features of the membrane reacto
filling the membrane tube (volume 7.46× 10−6 m3) with
5.19 g of platinum on chlorinated alumina catalyst partic
(AT-2G) (6.96×105 gcat/m3

reactor) (supplied by Akzo Nobel)
under dry conditions. The effects of temperature and sw
ing flow rate on the performance of the membrane rea
were investigated as well.

3. Results and discussion

3.1. Membrane synthesis and evaluation

In a typical zeolite membrane synthesis, crystallizat
takes place on the support and in the reaction mixture.
difficulty with such syntheses is to force nucleation only
the support and continuous crystal growth from those nu
toward a closed layer. In the case of a horizontally orien
support, the zeolite layer can form simply as a result of
position of colloidal or submicrometer crystals from a bu
solution onto the support surface[6,7]. When the suppor
is vertically oriented in the reaction mixture, a layer can
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453 K fo
Fig. 4. SEM photographs of silicalite-1 synthesized on the vertically oriented support at (a) 393 K for 114 h; (b) 453 K for 17 h.

Fig. 5. SEM photographs of silicalite-1 synthesized on the vertically oriented support in two subsequent synthesis; 393 K for 114 h followed byr
17 h. (a) Top view; (b) cross-section.
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form because of crystal settlement, but the nucleation
to take place on the surface of the support. In such c
seeding is a common solution for enhancing coverag
the support with crystals[8–11]. In our zeolite membran
synthesis we used a different method of increasing the
cleation rate on the support material. It is known that te
perature is an important synthesis parameter that con
both the number of crystals nucleated and the rate of c
tal growth. The number of nuclei decreases and the cry
growth rate increases as the synthesis temperature incr
[12,13]. When the nucleation and crystal growth proces
are separated and performed under different conditions
synthesis is better controlled and results in a better m
brane. After the nucleation stage, an elevated temper
can be used to accelerate the crystal growth to form a cl
layer.

Single synthesis performed on a vertically oriented s
port at either 393 K for 114 h or 453 K for 17 h does n
result in formation of a closed zeolite layer.Figs. 4a and 4b
show top views of supports after syntheses at 393 K for 1
and 453 K for 17 h, respectively. It is clear that with decre
ing crystallization temperature the support is covered b
larger number of small crystals. The high-quality silicalite
membrane (Fig. 5) is formed when the second synthesis
453 K for 17 h is performed on a sample synthesized pr
ously at 393 K for 114 h. The membrane was about 15
thick.
l
s

This two-stage synthesis is successfully applied
silicalite-1 synthesis on a vertically oriented tube (∼ 30 cm2

surface area). In view of the limited literature data on the
scaling of zeolite membrane preparations and of the re
advances in reproducible syntheses of high-quality silic
te-1 membranes in our laboratory[6], we developed “in-
house” techniques for synthesizing up-scaled tubular m
branes. The thickness of the zeolite membrane synthe
on a vertically oriented tubular support is uniform along
length of the membrane. The tubular support, with a sur
area of 30 cm2, is quite large compared with most zeol
membranes reported in the literature, which are usually
than 5 cm2. The largest MFI-type membrane reported in
literature has a surface area of 60 cm2 and shows permse
lectivity for H2/SF6 = 35 [14]. Unfortunately, the author
did not reportn/i-butane selectivity; therefore, it is difficu
to compare this membrane performance with those of o
membranes. Then/i-butane mixture selectivity is general
used as a measure of membrane quality by several inves
tors[11,15–19].

Before C6 permeation experiments the synthesized tu
lar membrane of the current study was characterized
permeation measurements of binary mixtures ofn/i-butane
at 303 K. A 40:60n/i-butane feed mixture was used.
303 K, the mixture selectivity ofn/i-butane was as hig
as 45.3. The high selectivity is accompanied by reason
fluxes.Table 2compares data for the separation of but
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Table 2
Comparison of reported permeation results for 50:50n/i-butane mixtures through MFI-type zeolite membranes at room temperature

Membrane/support
with pore size

Thickness
(µm)

Size Conditions n-Butane flux

(mmol/(m2 s))

Selectivity Reference

ZSM-5/α-Al2O3 7 250 mm long
12 mm OD

303, WK 1.2 42 [15]
∼ 2 µm

Silicalite/α-Al2O3
top layer 100 nm

0.5 Disk 25 mm 298, WK 98 9 [16]

Silicalite/α-Al2O3
top layer 135–165 nm

3 Disk 39 mm 298, WK 0.83 52 [17]

Silicalite/TiO2/SS top
layer 100 nm

30 Disk 25 mm 303, WK 3.24 28 [2]

Silicalite/TiO2/SS top
layer 100 nm

35 Disk 25 mm 303, WK 2.75 55 [18]

Silicalite/α-Al2O3
150 nm

1–30 Disk 22 mm 295, WK 1–4 30–70 [11]

Silicalite/α-Al2O3
150 nm

Inside
support
100 µm

50 mm long
10 mm OD

298, WK 3 4.5 [19]

Silicalite/TiO2/SS top
layer 100 nm

15 100 mm long
10 mm OD

303, WK 5.64 45.3a This work

a 40:60n/i-butane mixture.
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mixtures obtained here with the literature data. The m
brane size and thickness are also given inTable 2. There is
no clear correlation between the membrane thickness an
fluxes of the permeating hydrocarbons. The thinnest m
brane (500 nm) gives a very high flux with relatively lo
selectivity. The membranes reported in the literature w
prepared by different methods. Therefore, morphologie
the membranes may differ. As a result, membranes with
ilar thicknesses may perform quite differently. Some diff
ences may also be due to different conditions used for
ing, such as total pressure (120 kPa[15], 101 kPa[16,17]),
the sweep gas used (Ar[15], He[16,17], N2 [19]), and tem-
perature (295 K[11,16,17,19], 303 K [2,15,18]). It is well
known that separation of butane isomers at low tempera
is governed by the surface diffusion mechanism[2], which
is strongly influenced by experimental conditions[20]. The
high n/i-butane selectivity of our membrane (45.3) in
cates that the membrane is of very high quality compa
with those reported in the literature. This is especially t
because a feed enriched ini-butane was used (40:60 com
pared to 50:50n-butane/i-butane). Recently Nishiyama re
ported[2] that permeation of butane isomer mixtures at l
temperatures is strongly affected by the feed compos
and the feed pressure of the butane mixture. Mixtures w
higher molar ratios ofn-butane toi-butane lead to highe
selectivities[2]. Pore blocking byn-butane increases wit
increasing partial pressure ofn-butane, and, consequent
the selectivity forn-butane is improved.

3.2. n-Hexane/2-methyl-pentane separation

After analyzing our silicalite-1 membrane and obtain
a high selectivity for butane isomers, we investigated
ther the potential of this membrane for separating linear f
branched C6 alkanes. The C6 isomer mixture is of particula
interest because its components are important constituen
gasoline. According to Krishna et al.[21] the separation se
lectivity of hydrocarbon isomers through silicalite-1 zeol
membranes is the product ofSMS, the ratio of the correcte
diffusivities of the components, andST, the thermodynamic
selectivity factor. The corrected diffusivity depends on
size of the permeant and the size of the windows or apert
in zeolites used and on the strength of the host-adsor
interactions. The diffusivity generally increases with an
crease in the size of the diffusion pathway. The thermo
namic selectivity factorST is strongly related to the streng
of the host-adsorptive interactions. At very low occup
cies, that is, in the Henry’s law regime,ST is equal to the
ratio of the adsorption equilibrium constants of the com
nents. The adsorption equilibrium depends on how well e
molecule can adjust its shape to fit the silicalite-1 chan
network and on how strongly it interacts with the framewo
Then-hexane molecule is sufficiently flexible; therefore it
easily accommodated in the region of low potential ene
close to the channel wall. For molecules with more branc
in the alkane chain, only some of the centers can sit in
low-energy regions, whereas other centers are forced to
cupy less energetically favorable positions further from
wall. This means that the high sorption selectivity for the l
ear alkane is due to entropic effects; the linear alkane h
higher “packing” efficiency than the branched alkane wit
the zeolite structure. For the same reasons, it is easi
separaten-hexane from double-branched than from sing
branched isomers.

According to Zhu et al.[22], 2-methyl-pentane (2-MP
and 3-methyl-pentane (3-MP) show very similar adsorp
behaviors under the same conditions, but the diffusivity
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Fig. 6. Fluxes and selectivity for 80:20n-hexane/2-MP through a silicalite-
membrane as a function of temperature.

2-MP is almost twice as high as that of 3-MP. The lon
tail in the 2-MP molecules provides a somewhat more
vorable orientation for the molecule through the silicalit
channels compared with 3-MP. Therefore, the most diffi
separation in binary mixtures ofn-hexane from its isomer
seems to be for ann-hexane/2-MP mixture. It is well es
tablished in the literature that at low temperaturesn-hexane
(kinetic diameter 4.3 Å) adsorbs selectively in MFI fro
mixtures with its isomers 2-MP and 3-MP (kinetic diam
ter 5 Å), 2,2-dimethyl-butane (2,2-DMB), and 2,3-dimeth
butane (2,3-DMB) (kinetic diameter 6.2 Å). Selective a
sorption is dependent on the temperature, feed compos
and Si/Al ratio in the membrane. At higher temperatures
selectivity betweenn-hexane and 2-MP in a binary mixtu
is attributed to the higher diffusivity ofn-hexane compare
with that of 2-MP.

The separation performance of our silicalite-1 membr
was investigated before the isomerization reaction with
membrane reactor. Separations of 80:20n-hexane/2-MP
feed mixtures were measured as a function of temp
ture through our silicalite-1 membrane. Helium flow
50 ml/min was used as a sweep gas and as a carrier gas
molar composition of the feed was 77.67% helium, 17.8
n-hexane, and 4.47% 2-MP.

Fig. 6 shows the fluxes and the permeation selec
ties (n-hexane/2-MP) as a function of temperature. Norm
hexane permeates significantly faster than 2-MP. The flu
n-hexane is a weak function of temperature and is app
imately 1 mmol/(m2 s) over the temperature range of 35
413 K. A similar trend has been reported in the literat
[23]. The weak temperature dependence of the flux g
more freedom when it comes to selecting the conditi
at which the hydroisomerization reaction will be run. W
increasing temperature, the permeance difference bet
n-hexane and 2-MP decreases, and therefore the selec
decreases as well. The maximum selectivity was measur
the lowest temperature (353 K) studied; it was equal to
The separation selectivity of 24 betweenn-hexane and 2-MP
at 393 K is still reasonably high. Normal hexane adso
more strongly than 2-MP at low temperature and thus blo
zeolite pores for 2-MP. These differences in interaction
n-hexane and 2-MP with the zeolite resulted in selecti
,

e

n
y
t

for n-hexane. With increasing temperature the adsorp
selectivity for n-hexane becomes less dominant, resul
in a decrease inn-C6/2-MP selectivity. The contribution
by adsorption and diffusion govern the permeation selec
ity of alkanes through silicalite-1 membranes. The diffus
differences between individual components dominate the
lectivity at high temperatures.

Recently Schuring et al.[24] used radioactively labele
molecules to measure self-diffusivity ofn-hexane and 2-MP
molecules in binary mixtures at 433 K in MFI crysta
For an 80:20n-hexane/2-MP feed, the self-diffusivity o
n-hexane was about 6 times higher than the diffusivity
2-MP. Then-hexane/2-MP selectivity studied here at
highest temperature (413 K) for the same feed compos
(80:20n-hexane/2-MP) was equal to 18. Higher selectiv
is expected at lower temperatures (413 K instead 433
However, the higher total hydrocarbon pressure of 22 kP
our studies, compared with 6.6 kPa in Schuring’s meas
ments (with the same feed composition), could also enh
the n-hexane/2-MP selectivity. At low hydrocarbon loa
ings, then-C6 locates within the channels, and branch
alkanes locate at the MFI intersections. According to Kri
na et al.[21] there is an increase in adsorption selectiv
beyond a total loading of four molecules per unit cell, cor
sponding to a situation in which all of the intersections
occupied (above a pressure of 15 kPa). Because of a co
urational entropy effect, an increase in the mixture load
above four molecules per unit cell causes normal alk
molecules to replace branched molecules within the ze
structure.

Most of the literature data on the separation of hex
isomers deals with the separation ofn-hexane and double
branched isomers. The selectivities obtained are betw
17 and 1000, depending on the quality of the membra
and the experimental conditions. However, far fewer d
on n-hexane/2-MP separation are available. Then-hexane/
2-MP selectivities measured in this study are comparab
the available literature data. Experimental values of the
lectivity obtained by Funke at al.[25] for a 50/50 mixture of
n-C6 and 3-MP through silicalite-1 also showed that the
lectivity decreased with increasing temperature: from 2
326 K to 1.1 at 443 K. Matsufuji et al.[26] performed perva
poration at the separation ofn-hexane/2-MP mixtures wit
a ZSM-5 membrane at 303 K. For the 50/50n-hexane/2-MP
mixture, the selectivity was 54. Similarn-hexane/3-MP se
lectivity ranging between 50 and 75 at 373 K was repo
by Flanders et al.[23]. Direct comparison of our results wit
the fluxes published in the literature is very difficult beca
of a lack of data and because of differences in the opera
conditions. InTables 3 and 4we summarize the availab
literature data and point out differences in experimental c
ditions.

The single component fluxes ofn-hexane through MF
membranes reported in the literature are around 1 mm/

(m2 s) (at about 373 K) and are comparable to our result
addition to differences in the membrane quality, some di
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Table 3
Comparison of reportedn-hexane fluxes in single component permeation measurements through MFI membranes

Zeolite/support Membrane thickness
(µm)

Surface area

(cm2)

Feedn-C6
pressure (bar)

Temperature
(K)

Flux

(mmol/(m2 s))

Reference

Sil-1/100 nm TiO2 18 31.4 0.18 373 1.1 This work
ZSM-5/5 nmγ -Al 2–10 5.5 0.3 383 2.25 [25]
ZSM-5/5 nmγ -Al 25–30 5.5 0.18 373 1.15 [27]
ZSM-5/5 nmγ -Al 0.05 374 1.298 [28]
ZSM-5/5 nmα-Al 20 4.4 0.13 373 1.45 [29]
ZSM-5/500 nm SS 25–30 0.07 373 0.966 [23]
Sil-1/100 nmα-Al 0.5 Pervaporation 303 0.022 [26]

Table 4
Comparison of reportedn-hexane fluxes in binary permeation through MFI membrane

Zeolite/support Membrane
thickness
(µm)

Surface
area
(cm2)

Feed pressure (bar) Tempera-
ture
(K)

Flux (mmol/(m2 s)) Separation
selectivityn-C6/
2- or 3-MP (–)

Reference

n-C6 2-MP n-C6 2- or 3-MP

Sil-1/100 nm TiO2 18 31.4 0.18 0.005 373 1.02 38 This work
0.0068a

ZSM-5/100 nmα-Al 0.5 2.83 0.13 – 373 7.02 – – [16]
ZSM-5/5 nmγ -Al 2–10 5.5 0.18 0.18 362 0.83 24 [25]

0.0345b

ZSM-5/500 nm SS 25–30 0.07 0.07 373 0.348 50 [23]
0.0068b

Sil-1/100 nmα-Al 20 0.5 Pervaporation 303 0.013 54 [26]
4× 10−4a

a 2-MP.
b
 3-MP.
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sity in measured fluxes can be due to disparities in sup
porosities. The effective membrane area is not the sam
the support surface area because the support partially b
the membrane. The highestn-C6 flux of 2.25 mmol/(m2 s)
was reported by Funke et al.[25]. However, this flux was
measured at a temperature 10 K higher, and the driving f
was also the highest compared with the others (0.3 bar p
sure ofn-hexane).

There is no clear relation between the membrane th
ness and the fluxes based on the literature data. A
high flux of n-C6 in binaryn-C6/2,2-DMB mixture perme-
ation was reported for a thin 0.5-µm membrane by Hedl
et al. Unfortunately, the selectivity ofn-C6/2-MP was not
investigated for that membrane. Matsufuji et al.[26] pub-
lished permeation results forn-C6 in a binary mixture with
2-MP, but unfortunately only for a pervaporation configu
tion. The driving force in pervaporation, as the surface
MFI membrane is most likely saturated, is high. It may
comparable to the driving force in vapor permeation wh
the adsorption of hexane isomers at the feed side is s
rated. On the other hand, the diffusivity ofn-C6 in MFI
at 303 K (pervaporation) is lower than that at 373 K (v
por permeation). Consequently, a much lowern-C6 flux in
pervaporation[26] was measured, compared with our vap
permeationn-C6 flux value. The other two sources repo
lower fluxes ofn-C6 comparable to our results. The select
ity of n-C6/3-MP measured by Flanders et al.[23] was 50.
As was pointed out earlier, because of more favorable
ting of 2-MP compared with 3-MP inside MFI channels,
s
s

-

-

is easier to separate 3-MP than 2-MP from a mixture w
n-C6 [22].

3.3. Sweep gas

In the membrane reactor the reactant permeation r
must match the catalytic conversion rate at the desired o
ating conditions. Accumulation of reactants or products
the catalyst must be avoided. Rapid sweeping of the pe
ate minimizes buildup of the reaction products in the cata
and promotes more reaction. Applying a sweeping gas
the permeate side has been a proven method of incre
the driving force for membrane permeation[20]. Introduc-
ing a significant quantity of the carrier (or sweep) gas to
permeate side of the membrane, however, has two majo
plications. One is that it may create the need to separat
permeate (products) from the carrier gas downstream o
membrane reactor operation. The other is the cost as
ated with the sweep gas. The best scenario is one in w
a component that is needed for the reaction taking plac
the catalyst located on the permeation side can be sim
neously used as a sweep gas. In our studies, H2 is needed
for the hydroisomerization reaction. Therefore, in cataly
tests of our zeolite membrane reactor, hydrogen was us
a sweep gas. However, in the permeation tests the com
nents permeating the silicalite-1 membrane were swept
helium instead of hydrogen for safety reasons.

As expected, the sweep gas flow rate was one of the
portant parameters influencing the permeation fluxes an
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Fig. 7. Fluxes and selectivity for 80:20n-hexane/2-MP through a silica
lite-1 membrane as a function of the sweep gas flow rate.�, �—373 K;
�, �—393 K.

selectivity.Fig. 7 shows the sweep gas flow rate effect
the fluxes ofn-C6 and 2-MP and the permeation selecti
ties (n-hexane/2-MP) in the permeation of the binary m
ture from an 80:20 feed ofn-C6/2-MP at 373 and 393 K
The effects of the sweep gas flow rate on permeation a
two temperatures are similar. More efficient removal of
permeating components increases the fluxes. This effe
larger on the flux ofn-C6 than on 2-MP. This is explained b
the fact that the adsorption equilibrium constant ofn-C6 is
higher than that of 2-MP, so a change in the downstream
tial pressure affects the coverage, and thus the driving fo
of n-C6 more than that of 2-MP. The higher driving for
for n-C6 than 2-MP gives a higher mobility ofn-hexane in
the zeolite pores and thus a higher selectivity. Especial
a low sweeping flow rate (below 50 ml/min), this influence
is remarkable (seeFig. 7). At high sweep gas flow rates th
permeate pressure on the zeolite/support interface is low
sulting in high concentration gradients across the zeo
which are the driving force for permeation. Increasing
sweep gas flow rate beyond 50 ml/min has little effect on
the fluxes and the selectivities because the permeate p
pressures at the zeolite/support interface are not further
ered under these conditions with increasing sweep flow
The support layer acts as a stagnant diffusion layer th
unaffected by a high flow rate. With decreasing sweep fl
rate, permeating components are not removed as effect
and permeate partial pressures are higher. The fluxes o
components are significantly reduced by the fact that t
permeate pressures are not equal to zero. In the mixture
fastest component is the one most affected by the non
boundary conditions, since it has the highest concentra
in the permeate. This reduces the selectivity of the m
brane. The selectivities betweenn-C6 and 2-MP are highe
at lower temperature, as expected and explained earlier

The increase in the flux of the permeating compon
with increasing sweep gas flow rate results in an incre
in the permeation fraction (“membrane yield”). The perm
ation fraction is related to the flux and is defined as
fraction of the feed component that goes through the m
brane:

(1)Perm.fractioni = φi,p/φi,f,
,

-

l

.

e

e

Fig. 8. Permeation fraction ofn-C6 for 80:20 feed mixture ofn-hexane/
2-MP through a silicalite-1 membrane as a function of temperature
sweep gas flow rate 50 ml/min) and the sweep flow rate (at 373 and 393

whereφi,p andφi,f are molar flows of componenti in the
permeate (p) and feed (f), respectively.

Fig. 8shows the effect of the sweep flow rate and temp
ature on the permeation fraction ofn-C6 at two temperatures
373 and 393 K. The permeation fraction for the prefer
tially permeating component, which isn-C6 in this case, can
be as high as 0.6 at 393 K. This means that 60% of then-C6
feed goes to the permeating side under the applied co
tions.

The effect of the temperature on the permeation frac
of n-C6 was studied at a sweep flow rate of 50 ml/min. There
is an increase in the permeation fraction with temperatur
to 413 K.

3.4. Combined separation and reaction performance

Finally the combined separation and reaction in a “sin
passage mode” were investigated as a function of t
perature and sweep flow rate. The main objective of
part of the study was to show the feasibility of combin
platinum-containing chlorinated alumina fixed-bed cata
and a silicalite-1/TiO2/SS tubular membrane (working at t
same temperature). It is a basic requirement for making
process more productive and reducing operating costs.

The feed of 80:20n-hexane/2-MP was used as a mo
study. Isomerization ofn-hexane leads to four isomer
of which 2,3-DMB provides the highest octane numb
According to the C6 thermodynamic equilibrium, decrea
ing the hydroisomerization temperature favors the hig
branched, high-octane alkanes. In addition, low temp
tures favor the reduction of hydrocracking reactions. On
other hand, from a kinetic point of view, reaction rates
higher at elevated temperatures. Isomerization ofn-hexane
at low temperatures requires a very active catalyst to ach
a high enough production rate. Therefore, a compromise
tween the catalyst activity and the best C6 thermodynamic
equilibrium must be found.

The tube was filled with an AT-2G catalyst in a glo
box under a N2 atmosphere. These conditions were requ
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Table 5
Effect of replacing He with H2 as a sweep gas on the membrane per
mance in 80:20n-C6/2-MP mixture separation at 393 K

Sweep gas
at 50 ml/min

n-Hexane flux

(mmol/(m2 s))

Selectivity

He 1.31 23.75
H2 1.12 28.15

because the catalyst is very sensitive to moisture, as
2.0 kg water destroys 100 kg of catalyst. Moisture tr
in the feed lines to the reactor were another requirem
for avoiding deactivation of the catalyst. It is expected t
in the membrane configuration, according to the conc
shown inFig. 1, the catalyst will be protected from wat
and other possible contaminants contained in the feed b
hydrophobic silicalite-1 membrane.

A stable AT-2G catalyst operation is possible under
drogen pressure. Therefore, He sweep gas previously
for membrane testing was replaced with H2. The effect of
replacing He with H2 as the sweep gas on the membra
performance inn-C6/2-MP separation is shown inTable 5.
Our studies indicate that the use of H2 instead of He as
a sweep gas slightly influences fluxes and selectivities,
hydrocarbon fluxes decrease, andn-C6/2-MP selectivity im-
proves a little. Helium is always used as a carrier gas
the hydrocarbon feed. Since helium and hydrogen ad
very weakly on silicalite-1 at the studied temperature ra
(353–413 K)[2], the effect of the counter-diffusion on th
flux should be negligible. The hydrocarbons are expecte
adsorb and effectively block He and H2 from entering the ze
olite channels. When He was used as a sweep gas ther
no significant He partial pressure difference over the m
brane because He was also used as a carrier gas. How
when He was replaced with H2, the difference in its par
tial pressure across the membrane increased significantl
a result the permeated hydrocarbons could be slightly
pressed by H2 counter-diffusion, resulting in a decrease
the hydrocarbon fluxes through the membrane, especia
the membrane defect sides, where probably most of 2
permeates, resulting in improvedn-C6/2-MP selectivity.

An experiment performed with a nonactive catalyst (
activated by exposure to moist air) showed that the pres
of the catalyst did not influence the membrane proper
The measured fluxes and the selectivities for the bin
80:20n-C6/2-MP mixture were the same with and witho
the presence of a nonactive catalyst.
d

s

r,

t

Fig. 9. The ratio of mono/di-branched isomers as a function ofn-C6 conver-
sion on the permeate side of the membrane reactor. Based on % distrib
of products on the permeate side, data fromTables 6 and 7.

The results of experiments carried out at different te
peratures (with an active catalyst) are shown inTable 6. All
data inTable 6concern the permeate side of the membr
reactor. The sweep flow rate was maintained at 50 ml/min
STP. The cracking reaction was negligible, especially at
temperatures; with increasing temperature there was a s
increase in the formation of components lower than C6.

The reaction rate of the decomposition (cracking re
tions) increased with increasing reaction temperature. R
ing the temperature to 393 K resulted in an increase in
conversion to 71.75%, with a shift in the product distr
ution toward the double-branched components. As sh
in Fig. 9, the ratio of mono/dibranched isomers depe
strongly on the conversion and approaches the equilibr
value of 0.89. Temperature was not the only parameter
changed during these experiments. The H2/HC ratios and
weight hourly space velocity (WHSV) changed as well. T
permeation rate ofn-C6 through the membrane increas
slightly with increasing temperature (seeFig. 6). Because
the H2 sweep flow rate was constant, the molar ratio
H2/HC decreased slightly. In addition, the WHSV increas
as a result of the increasedn-C6 permeation.

Commercial units operate at a molar ratio of H2/C5–
C6 = 0.1, WHSV= 2 (gC5–C6/(gcath)) and pressures of 25
30 bars. The H2/n-C6 ratios in our experiments are high
than 5. A higher content of H2 is expected to protect th
catalyst and prolong its lifetime by decreasing the coke
position. The ratio between the conversion to iso-alkanes
the total conversion is a function of the reaction pressure
goes through a maximum at total pressures of 25 to 30 b
Because of experimental restrictions, we had to run the
Table 6
Distribution of hexanes in the permeate, isomerized product in the membrane reactor as a function of temperature. The feed was 80:20 mixture ofn-C6/2-MP.
H2 sweep gas 50 ml/min

Temperature
(K)

WHSV
(gHC/(gcath))

H2/HC % Distribution (molar) n-C6 conversion
(%)< C6 2,2-DMB 2,3-DMB 2-MP 3-MP n-C6

353 0.13 14.96 0.00 2.72 5.30 15.19 7.24 69.56 29.36
373 0.18 11.12 0.01 5.45 7.93 22.62 11.29 52.70 40.5
393 0.21 9.76 0.01 15.54 10.60 30.63 16.03 26.63 71.75
413 0.21 9.06 0.88 10.64 10.04 30.23 16.32 31.88 68.70
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as on 80:20

Table 7
Distribution of hexanes in the permeate, isomerized product in the membrane reactor as a function of the sweep flow rate at 393 K. The feed w
mixture ofn-C6/2-MP

H2 sweep
(ml/min)

WHSV
(gHC/(gcath))

H2/HC % Distribution (molar) n-C6 conversion
(%)< C6 2,2-DMB 2,3-DMB 2-MP 3-MP n-C6

6 0.04 5.59 8.5 34.6 6.2 25.6 13.7 11.3 83.6
25 0.14 7.15 1.3 24.6 10.5 30.0 15.7 17.8 77.14
50 0.21 9.76 0.01 15.54 10.6 30.63 16.03 26.63 71.75

200 0.31 26.06 0.00 1.1 2.7 8.2 4.1 83.8 24.38
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Fig. 10. The zeolite membrane reactor products RON number as a fun
of temperature. H2 sweep gas 50 ml/min STP.

droisomerization reaction at 1 bar. It is expected that at 1
the catalyst performance is not optimal.

The effect of the sweep flow rate onn-hexane/2-MP con
version was investigated at 393 K, as shown inTable 7. In
all studied cases the partial pressure of the feed of 8
n-C6/2-MP was 22 kPa. Then-C6 conversions decrease
from 83.6 to 24.38% when the H2 sweep flow rates wer
increased from 6 to 200 cm3/min STP. This decrease in co
version can be attributed to the shorter residence time o
n-hexane with increasing sweep flow rate.

The feed in the membrane reactor (seeFig. 1) was well
distributed along the total length of the membrane. Base
the permeation data, the molar ratio of the H2/HC mixture
inside the reactor was between 5.5 and 26, and the s
velocity had values up to 0.31 gfeed/(gcath). For commer-
cial use in trickle flow-bed reactors, the conversion is high
(80–90%) at a WHSV of 2, which is higher by a factor of
than the one used here. With a lower WHSV (seeTable 7),
the AT-2G catalyst operates closer to the thermodyna
equilibrium for the isomerization reaction at a given te
perature.

The research octane numbers (RONs) for permeate
action product) and retentate were calculated based o
stream compositions (seeTables 6 and 7). Fig. 10 shows
the RON numbers as a function of the temperature. The
meate (reaction product) RON number reaches a maxim
at 393 K. The position of this maximum is a conseque
of complex dependences on separation selectivities and
meation fractions ofn-C6 and the compromise between t
activity of the catalyst and the best thermodynamic e
librium. The RON of the retentate stream increases slig
e

-

-

Fig. 11. The zeolite membrane reactor products RON number as a fun
of the sweep H2 flow rate at 393 K.

with elevating temperature. This is a result of enriching
retentate with branched alkanes (2-MP) due ton-C6 perme-
ation through the membrane. The effect of the sweep
flow rate on the RON of the permeate and retentate stre
is shown inFig. 11.

The highest total RON number (retentate+ reaction
product) was obtained for a H2 sweep flow rate of 50 ml/

min STP. The retentate RON increase reflects the perme
fraction ofn-C6 increase as a function of the H2 sweep flow
rate. At the same time, on the permeate side of the m
brane, the WHSV increase causes then-C6 conversion to be
low and the reaction products to shift far from the therm
dynamic equilibrium.

The results for the “single-passage mode” reported in
paper form only a part of the complete study on the fe
bility of the membrane reactor. In principle this is not t
most suitable mode, because in “recycle mode” the re
tate stream always has a higher RON number than the
tion side, since it is being purified from linear componen
Therefore, the advantage of membrane reactor configur
for hydroisomerization should then become even clea
However, the combined product (retentate+ reaction prod-
uct) from the membrane reactor in “single-passage mo
at 393 K and the H2 sweep flow rate of 50 ml/min STP
already gave a RON value about 3 points higher comp
with values determined from the literature data onn-hexane
hydroisomerization in a fixed-bed reactor for Pt-loaded
olite beta and mordenite catalyst at similarn-C6 conversion
[30,31]. The RON was improved by 14 points by the use
a combined stream of reaction product and retentate ove
RON of the feed.
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In contrast to the feed used in this work, industrial fe
streams (RONs of around 70) contain substantial amoun
i-C5 andi-C6 components. Since the membrane has sh
reasonable selectivity, a higher retentate RON can be
pected when industrial feed is used.

3.5. Remarks

The current industrial C6 hydroisomerization process r
quires the separation and subsequent recycling of nor
unconverted hydrocarbons. With the zeolite membrane
figuration shown inFig. 1, there is no recycling of uncon
verted components. However, in continuation of these s
ies, a recycle mode will be studied as well.

The permeate RON depends on catalytic conversio
linear to branched hydrocarbons. Lower temperatures
vor products with higher RONs. Because of equilibriu
limitations, however, linear hydrocarbons will always
present in the product on the permeate side. To minim
the concentration of linear hydrocarbons in the perme
product, it may be necessary to recycle the permeate p
ucts. The more puren-C6 there are that permeate towa
the catalyst, the higher the RON of the retentate will
If the feed contains low amounts of normal hydrocarbo
then it could be difficult to accomplish the above goal w
a silicalite-1 membrane. Therefore, the effect of then-
C6 concentration in the feed mixture on the performa
of silicalite-1 membranes was investigated. Three dif
ent mixtures ofn-C6/2-MP/2,2-DMB with molar ratios of
58.7:21:20.3, 30:33.3:33.7, and 9.7:46:44.3 were used.
molar ratio of 2-MP/2,2-DMB was kept around 1 in all i
vestigated mixtures. Studies performed here show tha
creasing then-C6 concentration in the feed results in a d
crease inn-C6 flux through the membrane (seeFig. 12),
resulting in a decrease in the permeation fraction ofn-C6.

Selectivities ofn-C6/2-MP and n-C6/2,2-DMB in the
ternary mixture of n-C6/2-MP/2,2-DMB are shown in
Fig. 13. These results prove that selectivity is a strong fu
tion of the mixture composition; the selectivity decreas
along with decreasingn-C6 concentration in the feed.
is known that there is a preference for the adsorption

Fig. 12. Fluxes through a silicalite-1 membrane as a function of feed c
position inn-C6/2-MP/2,2-DMB mixture permeation at 393 K.
,

-

Fig. 13. Separation selectivities forn-C6/2-MP/2,2-DMB mixture compo-
nent through a silicalite-1 membrane as a function of the feed compos
at 393 K.

n-C6 over 2-MP or 2,2-DMB. Then-C6 can reside any
where in the pore system, whereas the branched alka
preferentially adsorbed in the intersections between stra
and zigzag channels. The relatively fast permeation ofn-C6
is strongly influenced by the presence of the slowly d
fusing 2-MP and 2,2-DMB. Most likely this is due to th
blocking of the channel intersections by the slowly mo
ing branched alkanes. With decreasedn-C6 loading and
at the same time increased 2-MP and 2,2-DMB load
more intersections in the zeolite are blocked, resulting
decreased selectivity ofn-C6 over 2-MP or 2,2-DMB. How-
ever, a configurational entropy effect can be exploited
obtain high sorption selectivities in the separation of
ear from branched alkanes over silicalite-1 membrane[32].
High selectivities with feeds containing a low amount
linear hydrocarbons are envisaged under high upstream
sure. Because of high membrane occupancy operation
pervaporation mode should be considered. However, op
tion conditions should be optimized to enhance the mob
of permeating molecules inside the zeolite pore network

Real C6 hydroisomerization feeds are complex mixtu
(seeTable 8). The normal/branched hydrocarbon ratios in
of these feeds are around 1. With an optimal configurat
it is expected that normal/branched separation would be
complished through enhanced process performance.

Purification of the feed is needed since the catalyst is
sitive to poisoning, especially by water. Usually the fe
must be desulfurized and dried by contact with molecu
sieves. The presence of sulfur decreases the activity o
catalyst, which, may be recovered, however, by the resu
tion of operation with clean feed. The poisoning produc
by the presence of water is irreversible. As stated ear
small amounts of water can significantly shorten the
of the catalyst. We carried out all of the experiments p
formed here by feeding the reactor with pure hydrocar
mixtures. However, it is envisaged that the zeolite membr
will protect the catalyst from feed contaminants (H2O, S
components) in a manner similar to that for coated cata
particles[36]. Because of the hydrophobic nature of M
membrane, water should be rejected, protecting the cata
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Table 8
Typical feed mixture compositions for C5–C6 hydroisomerization reaction

Akzo Noble
[33]

Sie
[34]

Hennico
[35]

C4 components 0.8 0.7 2.8
Pentane 19.3 44.6 23
Iso-pentane 7.8 29.3 16
Hexane 21.1 6.7 23.4
2,2-DMB 0.5 0.6 0.4
2,3-DMB 2.8 1.8 1.8
2-MP 15.9 13
3-MP 12.5 13.9 6.9
Cyclopentane 1.5 1.6
Cyclohexane 4.2 2.4 2.1
Methyl-cyclopentane 9.1 – 5.1
C7 + components 2.7 – 2.1
Benzene 1.8 – 1.8

Furthermore, selective rejection of benzene on the m
brane could also minimize poisoning of the catalyst[37].
It has been recognized that the presence of benzene i
paraffin feed to the isomerization reactor is detrimental s
the benzene is hydrogenated over the isomerization cata
causing an increase in reactor temperature, which prom
unwanted cracking reactions and increases hydrogen
sumption.

4. Conclusions

A tubular silicalite-1 membrane with a surface area
ca. 30 cm2 was prepared by a double-synthesis appro
High quality of the membrane was achieved by high nu
ation rates enhanced by a low crystallization temperatu
the first synthesis followed by high crystal growth in t
second synthesis at high crystallization temperature.
membrane selectively separates linear hydrocarbons
branched ones. It offers interesting prospects for the de
opment of new technologies in the petrochemical indus
The combination of separation and reaction in hydro
merization ofn-hexane with a reactor composed of a tu
lar silicalite-1 membrane packed with Pt-loaded chlorina
alumina catalyst was discussed here. The overall pe
mance of the membrane reactor depends on the effec
ness of the silicalite-1 membrane in removing linear mo
cules from the feed and, therefore, in deliveringn-hexane
to the reaction zone and then converting it at equilibri
level to isomers. The results from “single-passage mo
show that the system (catalyst and membrane work u
the same conditions) has potential for upgrading low-oc
hydroisomerization feed streams.n-Hexane with a purity
of ∼ 99% (1% 2-MP, selectivity 24) was supplied sele
tively through silicalite-1 membrane to the catalyst, wh
it was 100% selectively hydroisomerized. Silicalite-1 me
brane also protects the catalyst against poisoning by im
ties (H2O, benzene). With decreasing membrane thickn
increasing linear hydrocarbon fluxes can be expected.
e

,
s
-

-

preferable that all linear components from the feed be
arated on a silicalite-1 membrane and isomerized. To
complish completen-hexane separation from the feed
selective, high-flux membrane is essential. The results
cate the advantages of this type of structured reactor an
prospects for its application.
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